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A bench-scale oxygen-blown fluid-bed gasifier was coupled to a modular fixed-bed Fischer-Tropsch (FT) 
reactor system for testing an FT catalyst under syngas. Various blends of subbituminous coal, torrefied 
biomass, and untreated biomass were gasified at 22 bar absolute, 800°-860 °C, and 4 kg/h. Syngas exiting the 
fluid bed passed through a cyclone, candle filter, and sulfur sorbent to reduce fine particulate and H 2 S to levels 
well below 1 ppmv. The syngas was cooled to condense out moisture and volatiles and then reheated to 
temperatures required for FT synthesis. The clean syngas then flowed into the FT reactor with a 5:1 ratio of 
recycled FT product gas-to-fresh syngas feed. A 70% overall conversion of CO and H 2 was achieved at 269 °C 
and 18.9 bar over an iron-based catalyst supported on gamma-alumina pellets. 

© 2010 Elsevier B.V. All rights reserved. 


1. Introduction 

There has been growing interest in recent years to supplant 
petroleum oil-based fuels with alternative transportation fuels. At the 
same time, increasing concern over greenhouse gas emissions is 
encouraging the use of renewable energy, which reduces greenhouse 
gas emissions because the plant matter used as feedstock reabsorbs 
some of the carbon dioxide that is emitted during combustion. 

One promising route to renewable fuel production is gasification 
followed by Fischer-Tropsch (FT) synthesis. This approach presents 
several desirable features for renewable fuel production. First, gasification 
is relatively feedstock-agnostic in that gasifiers can convert any 
carbonaceous feed into syngas, provided that the feedstock has enough 
energy content to achieve sustained gasification. Because gasification is 
feedstock-agnostic, this approach can take advantage of the entire 
biomass feedstock, including lignin, cellulose, and hemicellulose. More¬ 
over, syngas chemistry can be adjusted by water-gas shift, sorbent 
capture of pollutants, and other well-established industry standard 
techniques. This means that even if a change in feedstock results in a 
loss of syngas quality, the syngas quality can be recovered downstream of 
the gasifier. 

Although the FT pathway appears a promising route to renewable 
synfuels, at least two major issues remain to be overcome before FT can 
be applied to biomass on a large scale. First, many biomass types are rich 
in alkali and chlorine, species that cause high-temperature agglomer¬ 
ation and corrosion, respectively. Finding ways to remove or minimize 
the impact of these species will be critical to incorporating biomass into 
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gasifiers designed for coal or petroleum residues [1,2]. Second, 
gasification and FT synthesis do not readily scale down. Biomass 
gasification plants are likely to be limited in scale to the amount of 
biomass available in the immediate area [3,4]. Given the massive 
infrastructure required to not only gasify the biomass but then to shift 
the gas chemistry, clean the syngas, and convert the gas to liquid fuels, 
FT synthesis will likely require a larger plant than can be supplied at a 
reasonable collection radius in order to operate at a profit. 

There are three clear ways by which FT could be made more 
economical for biomass gasification. First, the operating and capital 
costs could be lowered by reducing process complexity, allowing a 
smaller-scale plant to operate at a profit. One of the most capital- 
intensive and complex units in a gas-to-liquid plant is the gas cleanup 
train. In large-scale commercial gasifiers, syngas can be cleaned using 
cold-gas solvents such as Rectisol™ or Selexol™ to physically absorb 
gas species such as carbon dioxide and hydrogen sulfide. Hydrogen 
sulfide is of special concern in the FT process because it is known to 
rapidly and permanently deactivate FT catalysts. Because of the need 
for cryogenic cooling, the capital and operating costs for traditional 
cold-gas cleanup are significant. If sulfides and other key contami¬ 
nants can be removed using hot-gas sorbents rather than cold-gas 
solvents, the capital and operating costs for gasification and FT 
synthesis can be greatly reduced for small-scale operation [5,6]. 

The second method by which biomass gasification economics can be 
improved is by supplementing biomass with coal. Unlike biomass [7], 
coal is available year-round, and there are decades of commercial 
operating experience in converting coal into syngas and transportation 
fuels. However, some coal ash mineral components (such as alumino¬ 
silicates) may interact unfavorably with biomass components (such as 
sodium or potassium), leading to agglomeration. Some biomass 
components, in particular chlorine, can also lead to corrosion. As such, 
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it may be necessary to remove agglomerating and corroding species 
from biomass prior to high-temperature gasification [1,2,8,9]. 

The final method by which biomass gasification can be made more 
economical is by densifying the biomass at the collection site. 
Numerous options are available, including drying, pelletizing, pyrol¬ 
ysis, leaching, and torrefaction, which is a process by which biomass is 
heated under inert atmosphere to drive off moisture and volatile 
components while carbonizing the remaining residue to yield a 
cokelike product. In cofeeding with coal for gasification, torrefaction 
offers a unique advantage in that the carbonized product is similar in 
energy density and physical characteristics to coal, allowing it to 
achieve similar bed temperatures and to be fed similarly [10]. As such, 
cofeeding torrefied biomass with coal may be an easier proposition 
than cofeeding raw biomass or pyrolysis oil into a gasifier. 

2. Experimental 

The Energy & Environmental Research Center's (EERC's) pilot- 
scale fluid-bed gasifier is capable of feeding up to 9.0 kg/h of 
pulverized coal or biomass at pressures up to 70 bar absolute. The 
gasifier bed is constructed of Haynes 556® and can operate at 
temperatures up to 1018 °C when pressure is kept below 21.7 bar. The 
externally heated bed is initially charged from an independent hopper 
with inert solid material such as silica or bauxite. Independent mass 
flow controllers meter the flow of nitrogen, oxygen, steam, and 
recycled syngas into the bottom of the fluid bed. Various safety 
interlocks prevent the inadvertent flow of pure oxygen into the bed or 
reverse flow into the coal feeder. Fig. 1 gives a process flow diagram 
for the overall gasifier/FT reactor system. 

The gasifier was initially operated using Antelope coal from the 
Powder River Basin (PRB) with the composition given in Table 1. 
Target bed temperature was between 816 and 843 °C, target pressure 
was 21.7 bar, and target bed velocity was 0.30 m/s or less. Coal, 
oxygen, steam, and recycle flow rates had no specific target flow rates 
but were adjusted to achieve the desired temperature, pressure, and 
velocity while sustaining flow to the FT reactor. 


Table 1 

Composition of coal and biomass feeds. 



PRB 

antelope 

coal 

Treated 
olive pits 

TL 

olive 

pits 

Treated 

DDGS 

Switchgrass 

DDGS 

Leached? 


Yes 

Yes 

Yes 

Yes 

No 

Torrefied? 


No 

Yes 

No 

No 

No 

Proximate analysis (all values reported as weight percent as determined) 


Moisture 

6.94 

9.39 

5.70 

10.57 

4.87 

7.12 

Volatile matter 

42.32 

62.78 

43.27 

65.47 

63.69 

69.01 

Fixed carbon 

43.85 

24.70 

47.44 

21.43 

16.54 

19.99 

Ash 

6.89 

3.13 

3.58 

2.53 

14.90 

3.88 

Higher heating 

10,550 

8282 

10,994 

8584 

6750 

8532 

value, Btu/lb 







Ash analysis (all values reported as weight percent on an ash basis) 


Si0 2 

32.6 

6.6 

10.1 

3.0 

40.4 

5.2 

AI 2 O 3 

15.0 

1.5 

2.6 

0.8 

1.5 

0.0 

CaO 

21.3 

51.7 

54.9 

23.5 

40.0 

1.9 

Na 2 0 

0.84 

0.03 

0.91 

3.95 

0.23 

5.26 

I < 2 0 

0.56 

0.68 

13.24 

13.47 

5.26 

30.68 

S0 3 

13.25 

1.78 

4.73 

4.70 

1.47 

2.84 

Cl 

0.00 

0.10 

0.08 

0.55 

0.12 

0.64 


During the final 24 h of testing, the gasifier feed was switched from 
pure PRB coal to blends of 30% biomass by weight in PRB coal. Several 
treated biomass blends were tested sequentially, including leached 
(treated) olive pits, torrefied and leached (TL) olive pits, leached dried 
distillers' grain solids (DDGS), leached switchgrass, and raw (un¬ 
treated) DDGS. The composition of these various biomass samples is 
given below in Table 1. The leaching and torrefaction methods are 
described elsewhere by Arvelakis and others [1,2,9]. 

Online coal-feed weight measurements were taken from a pressur¬ 
ized K-Tron® coal feeder. After dropping from the feeder, coal was 
rapidly augered into the bottom of the fluid bed. Preheated oxygen, 
nitrogen, and steam entered from below through a distributor plate. Hot 
recycled syngas entered through a tube located above the distributor 


N 2 , 0 2 , 

Steam 


EERC JS38695.CDR 
Vent 



Recycle 

Syngas 

Compressor 


Analyzers 


Fig. 1. Process flow diagram of FBG-FT system. 
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plate to prevent combustion with preheated oxygen. Large fluidized 
particles were disengaged in the freeboard section before gas was 
routed into a cyclone. Hot gas leaving the cyclone passed through a 
candle filter to remove fine particulate to below ambient air concentra¬ 
tions. The syngas was then passed through a set of fixed beds to capture 
reduced sulfur compounds such as hydrogen sulfide and carbonyl 
sulfide. Two of the fixed beds were loaded with regenerable RVS-1® 
commercial sulfur sorbent, and two downstream beds were loaded with 
nonregenerable Actisorb S2® polishing sorbent to capture remaining 
traces of sulfur compounds from the syngas. Both sorbents were 
purchased from Siid-Chemie. Each set of fixed beds was operated one- 
at-a-time so that spent sorbent could be regenerated or replaced while 
the system was still running on the parallel set of beds. 

After sulfur was removed, the clean syngas passed through a set of 
water-cooled quench pots that removed volatile matter and moisture. 
The bulk of the clean, dry syngas was then recycled back to the gasifier. 
The remainder of the syngas was vented through a back-pressure 
control valve and dry gas meter to maintain system pressure. Recycled 
syngas was analyzed by an online laser gas analyzer (LGA) and Varian® 
gas chromatograph (GC). The GC was equipped with two thermal 
conductivity detectors for analyzing the bulk gas and a single-pulsed 
flame photometric detector for ultralow (<50 ppbv) sulfur detection. 

After steady-state gasification had been achieved, a slipstream of 
clean, dry syngas was routed to the EERC's skid-mounted FT system. The 
system includes two parallel downflow packed-bed FT reactors 3.05 m 
(10 ft) in length with an internal diameter of 2.5 cm. Both fixed-bed FT 
reactors were loaded with an iron-based catalyst supported on 
lanthanum-doped gamma-alumina. The particular catalyst formulation 
was developed at the EERC under a separate project and was based on 
the knowledge base available in the literature [11-13]. One fixed-bed 
reactor was left offline and available in the event that the first reactor 
was overheated or deactivated due to sulfur breakthrough. Target 
operating conditions for the FT reactor system were 18.3 bar, 260 °C, 
28 slpm inlet syngas flow, and 140 slpm recycle FT product gas flow. 

The shell-and-tube reactor beds were initially heated to temperature 
under nitrogen flow using a countercurrent (upward) flow of Dow- 
therm™ through the shell-side tube. Syngas passing through the beds was 
then slowly brought to operating pressure. As pressure built and the beds 
began to heat under exothermic reaction, the Dowtherm temperature was 
reduced, and the Dowtherm began to function as a coolant. Because the 
packed-bed design lends itself to runaway exotherms, single-pass 
conversion was kept low, and most of the product gas exiting the beds 
was recycled through preheater coils to the bed inlets. This recycled gas 
acted as a diluent, minimizing the temperature rise from exothermic 
reaction, but it also brought the packed-bed inlets closer to exit conditions 
and allowed them to better simulate behavior in a stirred or fluidized 
reactor. Flow rates of both syngas and recycled gas were controlled using 
magnetic-float rotameters with electronic readouts and data logging. 

Prior to recycling, product gas passed through a wax trap to collect 
heavy hydrocarbons and then passed through a set of water-cooled 
condensers to collect light hydrocarbons and FT product water. The wax 
trap is equipped with a pump to recycle heavy liquids to the bed inlets, 
but the wax collection rate was too low for this feature to be used. The 
water-cooled condensers were periodically drained by operators into an 
enclosed and vented low-pressure drain pot to collect liquid hydro¬ 
carbons and water. Unrecycled syngas exiting the condensers was 
vented through a back-pressure control valve and dry gas meter, then 
routed to an online LGA identical to the one sampling the recycled 
syngas. Fig. 2 provides a process flow diagram of the FT reactor skid. 

3. Results and discussion 

3.1. Gasifier operation 

Fig. 3a provides the average temperatures in the fluid-bed section 
at the bottom of the gasifier and in the freeboard section at the top of 


the gasifier over the entire course of the run. Although there are 
several clear temperature spikes and drops as a result of system 
upsets or changes in settings, the gasifier achieved a stable 
temperature within a day of initial start-up and maintained its 
temperature over the course of the week. 

The reactor pressure was set to 21.7 bar until 9:26 p.m. on August 
25, when it was raised to 22.2 bar to allow a slightly higher feed 
pressure for the FT reactor (Fig. 3B). Coal-feed rate was likewise raised 
at this time from 2.7 to 3.6kg/h. Several minor pressure upsets 
occurred as a result of brief plugging in the cyclone and once (at 10:15 
a.m. on August 27) because of a large spike in the recycle flow rate as 
the plug was cleared; these upsets appear as spikes in the pressure 
trends. 

Fig. 3C gives flow rates into and out of the gasifier over the course 
of the week, and Fig. 3D gives the velocities calculated from the flow 
rates, temperatures, and pressures. Outlet flow in 3C includes only the 
portion of the exhaust syngas not routed to the FT reactor. As can be 
seen, flow rates were fairly erratic during the first day or so of the run, 
when the system was being started for the first time. By 10:00 a.m. on 
August 25, the flow rates began to line out. At 7:10 p.m. on August 25, 
flow was routed to the FT reactor, causing the outlet flow rate to drop 
below the oxygen inlet flow rate. This trend continued throughout the 
week, with outlet flow spiking above oxygen flow each time the FT 
reactor was taken offline. 

As with Fig. 3A and B, the graphs in Fig. 3C and D show that the bed 
achieved steady-state operation. This is especially clear during the 
final day of operation, when temperature, pressure, and velocity 
trends became almost constant. 

Although bed velocity was kept fairly constant, it could not be 
maintained below the target of 0.30 m/s after the FT reactor was 
brought online at 7:10 p.m. on August 25. A small bit of agglomerate at 
the bottom of the bed required excess steam flow to keep the lower 
portion of the bed cool, and the gasifier required high input gas flow 
rates to maintain system pressure as syngas was diverted to the FT 
system. Almost 70% of the input steam was drained as water from the 
first quench pot every hour. As there were five other quench pots in 
series before the dried syngas was recycled, little of this excess steam 
was participating in the gasification reaction. 

Table 2 gives the average gas composition during oxygasification. 
These values are the averages reported during the period from 11:42 p. 
m. on August 25 to 10:15 a.m. on August 27, when a cyclone plug 
followed by a large spike in recycle rate forced the control room engineer 
to briefly stop coal feed and start nitrogen flow. Although the plug was 
cleared quickly and nitrogen in the recycled syngas was reduced to 
steady-state levels after several hours, the gas values recorded after the 
system upset are not included in the averages reported here. 

Partway through the test, hydrogen sulfide concentration was 
measured as 16 ppm at the outlet of the RVS-1 regenerable sorbent 
bed (before passing through the Actisorb S2 polishing bed). Syngas 
flow was routed through the second RVS-1 bed while the first RVS-1 
bed was heated above 540 °C under a steady flow of air and nitrogen. 
After several hours of regeneration, the first bed was brought back 
online. Hydrogen sulfide at its outlet was measured by Drager® tube 
at less than 1 ppm, indicating that the fixed bed had been successfully 
regenerated. At no point during the FT reactor operation did either the 
GC or a Drager tube show more than ppb levels of H 2 S downstream of 
the gas cleanup system. 

3.2. Biomass gasification 

During the final 24 h of operation, various blends of 70 wt.% coal 
with 30 wt.% biomass were fed to the gasifier. The composition and 
pretreatment of these biomass blends are given in Table 1, and Fig. 4 
provides the temperature distribution in the gasifier while the 
biomass blends were fed. An upset in recycle syngas flow at 7:26 a. 
m. on August 28 caused some of the bed material to be blown over 
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Fig. 2. Process flow diagram of FT reactor skid. 


into the cyclone. This resulted in a sudden change in the temperature 
distribution while feeding treated DDGS. 

As can be seen from Fig. 4, the various blends of coal and treated 
biomass had some impact on bed temperature distribution, but in 
general, the bed did not show signs of rapid agglomeration while 


feeding any treated biomass. There is a change in temperature 
distribution when feed was switched to a blend of coal and treated 
DDGS at 3:19 a.m. on August 28, though this appears to have been a 
step change rather than a sign of increasing agglomeration. The 
change is likely related to the lower heating value of DDGS relative to 
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Fig. 3. (A) Average bed and freeboard temperatures. (B) Gasifier pressures. (C) Flow rates into and out of the gasifier. (D) Velocities in the bed and freeboard. 
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Table 2 

Steady-state gas composition as reported by the LGAs. 



Syngas 

FT product gas 

Carbon monoxide (CO) 

15.1 

7.8 

Water vapor (H 2 0) 

0.13 

0.42 

Hydrogen sulfide (H 2 S) a 

0.023 

0.054 

Hydrogen (H 2 ) 

29.3 

12.5 

Nitrogen (N 2 ) 

12.9 

26.3 

Carbon dioxide (C0 2 ) 

32.7 

39.0 

Methane (CH 4 ) 

5.1 

7.6 

Hydrocarbon (HC) 

0.00 

0.83 


a Note: H 2 S reported by LGA is a result of interference from other gas components. 


torrefied and leached olive pits. In the same way, the temperature 
distribution likely narrowed when the feed was switched from treated 
olive pits to TL olive pits because the higher heat content of torrefied 
pits allowed a higher bed temperature. 

When the blend of coal and untreated DDGS was fed to the gasifier 
at 2:28 p.m. on August 28, the temperature distribution immediately 
began to diverge. This is especially interesting because untreated 
DDGS has a higher heating value than does the treated switchgrass 
being previously cofed, suggesting that bed temperatures should have 
increased. Unlike the transition from TL olive pits to treated DDGS, the 
bed temperature does not appear to have been approaching a stable 
point before the reactor was shut down. This indicates that the 
increasing drop in temperature was a result of the buildup of 
agglomerates within the bed, as verified by visual observation and 
scanning electron microscope analysis of the bed material after 
testing. These results suggest that leaching alone is generally 
sufficient to avoid agglomeration during biomass cogasification with 
coal in a pressurized oxygen-fired fluid bed, while torrefaction may 
allow for higher average bed temperatures (as indicated by the slight 
rise in temperature after switching from treated olive pits to TL olive 
pits at 11:49 p.m. on August 27). 

3.3. Fischer-Tropsch reactor operation 

Table 3 summarizes the average run conditions for the FT reactor 
system. The shell-and-tube Dowtherm heat exchanger maintained 
bed temperature throughout the test. The condenser reduced 
moisture in the exhaust and recycle gas streams to less than 1%, as 
seen in Table 2. On the front end, the syngas metering system was 
taken offline and cleaned out twice as moisture condensed in the 
regulator. Flow FI901 was intermittent as brief drops in gasifier 


pressure would quickly affect the FT reactor supply pressure. These 
problems have since been rectified by placing a small ice-cooled surge 
tank upstream of the pressure regulator and by heating the gas inlet 
line to avoid condensation. 

86% of the product mass drained from the FT quench pots was an 
aqueous layer with a total organic content of 7950 mg/L. The 
hydrocarbon layer was primarily light-to-midrange hydrocarbons, 
with n-octane being the single largest peak (Fig. 5). GC-mass 
spectroscopy (MS) analysis of the hydrocarbon layer detected no 
alcohol in the product, although laboratory-scale testing of the same 
catalyst under a H 2 :CO ratio of 1:1 yielded detectable alcohol 
byproduct. This difference is likely because of the higher H 2 :CO ratio 
and the presence of carbon dioxide in the syngas, both of which are 
known to encourage water formation over iron-based catalysts. 
Approximately 37% of the organic FT product was olefinic, 14% was 
saturated isomers, 41% was normal paraffins, and 5% was not readily 
identifiable by its mass spectrum. The remaining 3% of the product 
was aromatics and cycloparaffins. These were likely tar products from 
the gasifier that carried through to the FT reactor, as cyclic compounds 
were not present in samples generated over this catalyst in the 
laboratory and gasifier tar was found in the inlet lines to the FT 
reactor. 

A mass balance of the FT system that accounted for liquid and gas 
recovery as well as residual material in the system indicated only 70% 
mass recovery, but an identical mass recovery value was obtained 
when the system was under nitrogen during start-up. The unit is 
housed in a Class 1, Division II facility with various flammable gas 
detectors, so the cause for poor mass balance is not likely because of 
extensive leaking. Rather, the inlet gas meter (FI901) and exhaust gas 
meter (FI907) did not scale equally. This problem was rectified in later 
testing, but for the testing reported here, volumetric flow rates in 
Table 3 cannot be trusted to determine molar flow rates. 

Nitrogen does not participate in either the water-gas shift reaction 
or the FT reaction, and so its composition from Table 2 may be taken as 
a standard to determine product gas molar flow rate relative to inlet 
molar flow rate. Using this method, the average H 2 and CO conversion 
efficiencies were both approximately 65%-70% at steady state. The 
conversion efficiency was initially low at around 20%, indicating the 
single-pass conversion efficiency, but increased over the course of 
several hours as FT product gas was recycled. 

Selectivity to light gas was taken as the ratio of molar increase in 
total light gaseous hydrocarbons (HC + CH 4 , Table 2) divided by the 
molar consumption of CO on a C0 2 -free basis. Once again using 
nitrogen as a standard to determine relative molar flow rates, the 
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Fig. 4. Bed temperature distribution after switching from coal to biomass blends. 
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Table 3 

Average run conditions for the FT reactor. 


Description 

Instrument 

Value 

Reactor temperatures, °C 

Preheated feed gas temperature 

TIR901 

197 

Average bed temperature 

TIR903-909 

269 

Dowtherm temperature at reactor inlet 

TIR944 

267 

Dowtherm temperature exiting reactor 

TIR945 

266 

Wax trap outlet temperature 

TIR929 

154 

Quench system outlet temperature 

TIR935 

33 

Reactor pressures 

Reactor bed pressure, bar 

PIR901 

18.9 

Pressure drop across reactor, kPa 

dPIR901 

37 

Pressure drop across wax trap, kPa 

dPIR903 

N/A 

Flow rates, slpm 

Inlet syngas flow rate 

FI901 

25 

Recycle product gas flow rate 

FI905 

137 

Exhaust gas flow rate 

FI907 

16 

Catalyst weight, g 


1383 


N/A: Not available. 


and sample time increasing top to bottom along the right axis. As can 
be seen, the product distribution was fairly constant except for a brief 
kink at 17:30 on August 27 when a large pulse of nitrogen was 
introduced to the FT reactor because of a gasifier upset. 

Because of a fault in dPIR903 (Table 3), the wax production rate 
could not be monitored online during the run. However, the wax 
collection rate was extremely low, with only 10 g removed from the wax 
trap over the entire run compared to 983 g of hydrocarbon drained from 
the quench pots. Much of this can be explained by the syngas 
composition, which was far from ideal for the particular iron-based 
catalyst used in this testing. However, wax collection was also impacted 
by the wax trap temperature. The target temperature was 121 °C, but 
temperature could not be reduced below 154 °C, as seen in Table 3, 
because the product gas entering the wax trap was significantly hotter 
than had been anticipated when the system was designed. As seen from 
Fig. 5, some soft wax material (larger than n-eicosane) was detected by 
GC-MS analysis of the liquid product drained from the quench pots, 
although the amount of soft wax was small. 


selectivity to light gas was found to be approximately 20%. This value 
remained constant throughout the test duration, indicating that the 
catalyst selectivity for light gases did not increase or decrease as the 
test progressed or as product gas was recycled. 

Although 20% selectivity to light gases is fairly low, the actual 
selectivity was probably somewhat higher. The quench pot system used 
to condense liquid hydrocarbons and product water from the FT reactor 
product gas was kept at system pressure and drained through a fully 
enclosed system into a low-pressure drain pot from which product 
could be safely collected. During product collection, it was observed that 
some of the product boiled off as light gas. The vent gas exiting the 
product pot was not analyzed, so there is no way to know the 
composition or flow rate of this volatile product. Given that the mass 
balance collected during FT operation was identical to the mass balance 
determined under nitrogen flow immediately prior to testing, it can be 
assumed that little mass overall was lost during product collection. 

Liquid productivity was quite low at 14 gC 5+ kg -1 h -1 . This is partially 
the result of the high ratio of catalyst to fresh syngas flow of 
22.3 gcat h mol -1 . During laboratory-scale catalyst screening, productiv¬ 
ity was 52 gC 5+ kg -1 h -1 , but the catalyst-to-syngas ratio was only 
7.4 gcat h mol -1 . C 5+ productivity was also likely hindered by the higher 
H 2 :CO ratio, lower partial pressure of H 2 and CO, and higher bed 
temperature of the pilot-scale FT reactor as compared to the lab-scale 
reactor. 

Fig. 6 shows the FT liquid product distribution as a function of time, 
with carbon chain length increasing left to right along the lower axis 


12 

10 
; 8 


EERC JS38697.CDR 


03 

CD 

CL 


O „ 
o 4 







n 


i= 

c 




4 6 8 10 12 14 16 18 20 22 24 26 28 30 

n-Alkane Chain Length, carbon atoms 


Fig. 5. GC-MS analysis of FT liquids. All compounds except n-alkanes grouped according 
to next n-alkane peak to appear in GC trace. 


4. Conclusions 

The fluid-bed gasifier performed well in this test, despite being 
operated and fully shaken down for the first time. Nitrogen dilution in 
the recycled syngas was reduced to below 10% during oxygasification. 
The fixed-bed sulfur sorbents succeeded at reducing H 2 S and COS 
from above 1000 ppm to below ppm levels, and the RVS-1 sorbent 
beds were readily regenerated on exposure to air diluted in nitrogen 
at 540 °C. Overall, the system achieved steady-state operation during 
most of the week with only brief upsets. Several system modifications 
made after this work was completed have helped to further stabilize 
both the gasifier and the FT reactor operation in more recent tests. 

The biomass pretreatment appears to have minimized the 
formation of agglomerates. When feed was switched from a blend 
of coal and treated biomass to a blend with untreated biomass, the 
bed temperatures began to rapidly diverge, and agglomerate material 
was found in the bed material at the end of testing. 

The FT catalyst successfully generated liquid hydrocarbons in the 
packed-bed configuration with product gas recycle, although the 
production rate and selectivity were both low. The production rate of 
liquid hydrocarbons averaged 18g/h and did not change substantially 
over time, nor did the composition of the liquid product given in Fig. 5. The 
measured selectivity to light gases was likewise steady over the course of 
the test at 20%, although the actual selectivity to light gas was somewhat 
higher as evidenced by the high volatility and rapid boiling of the liquid 
product. Thus it appears that the catalyst maintained its baseline activity 
and product selectivity throughout the course of this testing. 

Although the catalyst maintained its baseline activity during testing, 
the catalyst productivity was quite low at around 14 gC 5+ kg -1 cat hr -1 . 
This is largely the result of a high ratio of catalyst-to-syngas feed. The 
productivity was also likely lowered by the high operating temperature 
and high H 2 :CO ratio. Another major factor in reducing productivity was 
the low total partial pressure of H 2 + CO not only in the syngas but more 
importantly in the recycled FT product gas, which constituted 85% of the 
total flow through the catalyst bed. The high temperature, low syngas 
partial pressure, and high H 2 :CO ratio likely inhibited the formation of 
wax. The same factors encouraged the formation of lighter hydrocarbons, 
only a portion of which were accounted for because the gaseous material 
boiling from the depressurized liquid product was not recovered or 
analyzed. 

No evidence was observed for local hot spots or catalyst 
deactivation. Despite the high C0 2 concentration of the recycled 
product gas, the catalyst's water-gas shift chemistry did not appear to 
impact FT performance. However, given the short duration (a few 
days) of this testing, it is possible that greater impact on catalyst 
performance may be observed in longer-term tests. 
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Fig. 6. FT liquid product distribution as a function of time. 
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